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Process designs for expander and externally-refrig­
erated ethane-recovery plants are presented. The plants 
are for 80$ ethane recovery from 1,000 MMSCFD of feed 
gas. The two designs are compared to each other, and 
to the thermodynamic minimum work. It was concluded 
that either processes would be very competitive for the 
conditions selected.
The design of some of the major equipment in the 
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BPD Barrels per day
BTU British Thermal Units
Ct) Specific heat at constant pressure




K Vaoor-liquid equilibrium constant, y/x
LNG Liquefied natural gas
m m b t u/hr Million British Thermal Units oer hour
MMSCPD Million standard cubic feed per day at 60 F,
14,7 psia.
MOLES Pound moles









The removal of ethane from pipeline gas has 
attracted interest in recent years. Ethane is an 
increasingly valuable raw material for petrochemicals.
The size of the processing units can range from modest 
size rlants located close to urban gas distribution 
networks to very large Comdexes located on major gas 
transmission pipelines. The latter units are often 
referred tp as "straddle" plants.
The evaluation in this report is about the large plants. 
The feedrate of 1,000 MMSCFD corresponds to about
800,000 BPD of liquid at -91°F or 310,000 BPD of LNG 
at -259°F.
Two process schemes have been evaluatedt-
A) External Refrigeration Process
B) Expander Process
These two processes were evaluated because they are the 
most commonly discussed alternates for ethane recovery.
In fact for high ethane recovery these processes are 
the only practical ones. They are both cryogenic processes 
with minimum temperatures of -160 to -170°F in the designs 
presented in this work.
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The externally refrigerated design presented in this 
work is a special case of a classical cascade design.
The cascade system has been used for high ethane recovery 
but the design presented here is a simplification in 
that only propane refrigeration is required instead of 
a full propane-ethylene or propane-ethane system. This 
is further discussed under ’’Comparison of the designs 
Page 45. A nominal 80% recovery of the ethane in the 
pipeline has been used as a design base. It was felt 
that this is a reasonable maximum ethane recovery for 
the gas analysis. A recovery level below 80% would be 
more easily attained, but it was assumed that the plant 
would recover some maximum economical amount of ethane.
This is further discussed under "Comparison of the designs".
The gas analysis used is representative of some Canadian 
trunk-line gases. The ethane specifications in Table 
1 are indicative of the ethane specifications necessary 
for subsequent ethane cracking to ethylene. Other 
design parameters and specifications are listed in Table 1.
The residue gas after removal of the ethane is returned 
to the pipeline at 765 psia, corresponding to a 50 
psi pressure drop across the plant.
Figs 1 through 4 show the mole % condensed for each 




DESIGN PARAMETERS AND SPECIFICATIONS
1,000 MMSCFD @ 815 PSIA, 70° F
COMPOSITION MOLE % MOLES/HR
Nitrogen 1,20 1*318
Carbon Dioxide 0.30 329
Methane 88.81 97,526
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FIG 2 C&ll&EflSATIOIf AT 800 PSIA
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progressively cooled from its dew-point to its bubble- 
point. These curves illustrate the poor relative 
volatility of the components at 800 psia and the 
progressively better separation possible at lower 
pressures. The curves in Figs. 1 through 4 were 
produced by running flashes on the inlet gas at various 
temperatures for 800-, 400- and 200 psia pressure levels, 
(Tables 2, 3 and 4). For clarity N2 and CO2 are not 
shown on the curves although they were included in the 
flashes.
Perhaps the most significant point to be gained 
from these curves is that as the pressure gets lower 
the amount of condensed methane for a given amount of 
ethane condensed gets less. This is illustrated in 
Table 5 below for 90$ ethane condensation.
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TABLE 5
EFFECT OF PRESSURE ON AMOUNT OF METHANE AND TOTAL INLET 
CONDENSED FOR 90% ETHANE CONDENSED
PRESSURE
PSIA
TEMPERATUREOp MOLE % OF INLET METHANE CONDENSED
.MOLE % OF TOTAL 
INLET STREAM 
CONDENSED
800 -88.7 78 80
600 -109.5 60 65
400 -131.5 43 48
200 -161.0 21 28
This has a profound effect on both the size of the 
demethanizer (it gets smaller as the flash pressure is 
reduced due to the reduced feed-rate) and the recompression 
horsepower (it gets larger as the flash pressure is 
reduced). This raises the discussion of an optimum flash- 
pressure balancing recompression and demethanizer cost 
(fixed and operating costs).
This optimum flash is more apparent in a classical 
cascade externally-refrigerated design than in either of 
the two designs presented in this work. The reasons for 
this are as follows.
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In the externally refrigerated design presented in this 
work, only one refrigerant is used (propane) instead of 
the propane/ethylene or propane/ethane refrigeration 
system needed in a classical cascade system. If the deep 
refrigeration is not supplied by ethylene or ethane it 
has to be supplied by vaporization and sensible heat of 
the coldest process fluids. These coldest process fluids 
correspond to the lowest flash pressure. The determination 
of this lowest flash pressure is an iterative calculation 
and the flash pressure selected is not an optimum for 
re-compression and demethanizer costs (except by chance). 
The flash pressure selected is one which produces deep 
enough refrigeration to satisfy those refrigeration 
demands that would otherwise require ethylene or ethane 
refrigeration systems.
In the expander design presented in this work the lowest 
flash pressure is dictated by a different process 
requirement. This design requires propane refrigeration 
but only for the deethanizer overhead condenser.
However the inlet-gas chilling and demethanizer condenser 
duties are satisfied exclusively by warm-up of cold fluids 
generated in the process. No external refrigeration is 
used to satisfy these demands. The three principal factors 
affecting the expander*s ability to generate the quantity
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and depth of refrigeration required are discussed under 
"Expander Process Design" page 28. However at this 
point it is important to realize that the lowest flash 
pressure is again not an optimum of demethanizer and 
recompression costs. Instead it is the result of another 
series of iterative calculations to establish a low 
enough flash pressure (and its corresponding flash temp­
erature) to produce the quantity and depth of refrigeration 
to satisfy the processes demands without any external 
refrigeration.
Optimization of the designs is discussed under 
"Comparison of the designs" page 47.
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EXTERNAL REFRIGERATION PROCESS DESIGN
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Process Design
The. external refrigeration, process flowsheet is given
on Fig 5* Table 6 is the material balance. The design 
used is a simplification of the cascade refrigeration 
type of plant (Rosenzweig, 1970). In the design presented 
in this work the deep refrigeration is produced by the 
coldest fluids in the process i.e. the 200 psia liquids 
(demethanizer feed) and the 200 osia vapors. The 
external refrigeration is applied at a process temperature 
of -38 °F which is attainable with Dropane refrigeration.
The inlet gas passes through the gas chiller where 
the entire stream is condensed at a temperature of 
-91°F at 800 psia, (Figs 1 & 2). This liquid is then 
flashed down to 520 psia where about 40 mole % is 
vaporized and passes back through the gas chiller to 
recompression. The 520 psia pressure was selected to 
be the same as the demethanizer accumulator pressure.
The remaining liquid, accounting for about 60 mole % 
of the inlet gas is further depressured, this time to 
200 psia.
In the 200 psia drum, 89*5% of the inlet ethane is in 
the liquid phase. The vapors off the drum are passed 
back through the gas chiller to recompression. The 
liquids are pumped up to demethanizer feed pressure and
ER 1709 16.
used to condense reflux for the demethanizer and then 
chill the inlet gas before entering the demethanizer as 
80# vapor. The demethanizer requires about 16 theoretical 
trays. The 200 psia drum pressure was selected to 
remove the need for external refrigeration to reflux 
the demethanizer and to provide deep refrigeration for 
the inlet gas chiller duty.
The demethanizer overhead-vapor combines with the 
520 Dsia drum vapors before entering the main gas chiller 
for refrigerant recovery. Demethanizer bottoms are fed 
directly to the deethanizer.
The deethanizer operates with a tower top pressure of 
406 psia and the reflux condenser duty is handled by 
propane refrigerant.
The ethane product is withdrawn as liquid from the 
reflux drum. The deethanizer bottom product is a 
propane-plus stream which would be further fractionated 
in equipment not included in this work.
Table 7 and Fig 6 show the heat balance for the inlet 
gas chilling and demethanizer overhead condenser.
The duties are obtained by difference from the stream 
enthalpies calculated by the Grant-Wilson K and H program.
The deethanizer overhead condenser duty is not shown 
in Fig 6. In both designs this condenser duty is 
handled by high-level propane refrigeration and has little
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bearing on the low-temperature part of the design. The 
combined 520 psia vapor enthalpy line shown in Fig 6 is 
the sum of the 520 psia Drum Vapors and the Demethanizer
v
O.H. Vapors in Table 7. It shoul'd be noted that this is
v
not a straight line.
The demethanizer-feed enthalpy line in Fig 6 descends 
in a shallow slope to the inflection point where it then 
falls more steeply in a curving line. The upper section 
of this line corresponds to the sensible heat of the 
demethanizer feed with the bubble point of the liquid at 
the point of inflection. Below this point the line 
corresponds to the feed vaporization curve, up to the 80$ 
(mole $) vaporization when it enters the demethanizer.
The "Combined Refrigerant Curve" in Fig 6 is the sum 
of all the individual refrigerant streams. The datum 
for each refrigerant stream is its highest temperature 
in the low-temperature section. The decreasing enthalpy 
is measured relative to this temperature down to the 
lowest temperature of the stream.
The "Combined Refrigerent Curve" represents an ideal 
situation - the most favorable one - where heat is being 
removed by all streams continuously over the range of 
temperatures described. In practice this is not the case. 
The inlet gas chiller would be a large bank of plate-fin 
exchangers with individual or perhaps two refrigerant
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streams chilling the inlet gas at any point. With the
2-phase demethanizer feed stream there would be re­
distribution problems going from one bank to the next. 
Considerable skill on the part of the heat-transfer 
engineer would be required to produce an economical heat 
exchanger arrangement.
The preceeding description of Table 7 and Fig 6 apply 
equally to Table 9 and Fig 8 in the expander design.
Linnett and Smith (1969) describe a curve similar to 
Figs 6 and 8. The effects of maldistribution in the 
exchangers are analyzed by Weimer and Hartzog (1972).
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Discussion of the designi
In the externally refrigerated design presented only 
propane refrigeration is necessary which represents a 
significant simplification over a propane-ethylene 
cascade system that would usually be required for 
refrigeration at the temperature levels in this design.
The price of being able to make this simplication is 
flashing the liquid from the 520 psia drum down to 200 
psia and the attendant compression costs to bring the 
flash vapors back to pipeline pressure (about 19#000 
bhp). The 200 psia pressure is necessary to produce a 
cold enough stream to condense reflux for the demethanizer.
Alternate designs were run with the lowest flash 
pressure being 400-and 300 psia, instead of 200 psia.
However at these higher pressures the low pressure 
separator liquids did not have enough refrigeration at 
the temperature levels required to condense the demethan­
izer reflux.
If the low pressure separator liquids were not used to 
condense reflux it would be necessary to add an ethane or 
ethylene refrigeration system to remove the condenser 
duty of around 30 MMBTU/HR at a -110 to -125°F temperature 
level. Such a cascade refrigeration design has been 
used for ethane recovery (Rosenzweig, 1970).
Wolff and Salama (1969) and Crawford, Cronk and 
Norenburg (1969) state that a cascade refrigeration
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scheme may become attractive compared to a pure expander 
plant when pressure restoration is required i.e. no 
"free" pressure drop.
An intriguing alternative to the externally refrigerated 
design presented here would be to use a mixed refrigerant 
design both for gas chilling and condensing demethanizer 
reflux. These are described by Swenson and Peterson 
(1972), Kinard and Gaumer (1973)» Farrar (1973),Chemical 
and Process Engineering (1972, 1971) ,;Kidnay (1972),
Bourguet et al (1971), Barron (1970), Williams (1970),
Salama and Eyre (1967), Linnett and Smith (1969). The 
scheme described by Swenson and Peterson seems to be 
particularly simple.
A mixed refrigerant system design would remove the
O10 F temperature pinch in the design presented, (Fig 6) 
although Kinard and Gaumer (1973) refer to pinches as 
close as ^-5°F.
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TABLE 7
EXTERNAL REFRIGERATION DESIGN 




Main Gas Chiller 355.2 +70 -91
Demethanizer O.H. Condenser 28.3 -107.5 -U9.5




Demethanizer Feed 154.8 -167.9 -52
200 psia Drum Vapors 40.8 -167.9 +60
520 psia Drum Vapors 80.0* -118.5 +60





@ -38.0 & +26.0
♦-These duties combined in Fig 6 to 148.5 MMBTU/HR 





















External Refrigeration Chiller 
Duty 355.2 MMBTU/HR to -91°F
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The expander process design is shown in Fig 7 and 
the material balance is given in Table 8. The design 
shown is similar to those published by Klehm and 
Singletary (197*0 and Cochrane (1973)• However in this 
design a dual expander scheme has been used due to the 
large amount of condensation occuring in the expanders, 
as will be discussed later.
The inlet gas is chilled to -80°F. condensing about 
30 mole io in the 800 psia drum. The vapor from this 
drum flows to the #1 expander where its pressure is 
let down to 400 psia. Condensation occurs in both 
expanders and the #1 expander effluent is separated in 
the 400 psia drum. The vapor off this drum is 
depressured further in the #2 expander which exhausts 
to the 200 psia drum. The performance of each expander 
is summarized in Table 10.
The liquids in the 800 psia drum are flashed down to 
the 520 psia drum. The vapors off this drum combine 
with the demethanizer net overhead vapors and flow back 
out through the gas chiller for refrigeration-recovery.
The 520- and 400 psia drum liquids are both flashed 
down into the 200 psia drum where they mix with the #2 
expander exhaust. The fluids leaving the 200 psia drum
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supply 252.7 MMBTU/HR of refrigeration or 82$ of the 
demand (excluding the deethanizer overhead condenser).
The vapors off the 200 psia drum also flow back 
through the gas chiller for refrigeration recovery * where 
they are warmed to 60°F. These vapors are then fed in 
parallel to the two expander brake compressors where they 
pick-up 12,300 bhp of recompression, raising the pressure 
to 260 psia. The balance of the compression service to 
boost the pressure to the pipe line pressure is handled 
in the residue gas compressors using 2-50$ capacity machines.
The liquids from the 200 psia drum are pumped through 
the demethanizer overhead condenser and the gas chiller 
before being fed to the demethanizer. This stream 
represents 28 mole $ of the total inlet but contains 
88 mole $ of the inlet ethane. The demethanizer requires 
about 13 theoretical trays.
The demethanizer net overhead vapor is used for inlet 
gas chilling before going to recompression. The bottoms 
are fed directly to the deethanizer for separation into 
the ethane product and a propane - plus bottoms.
A key stage in this design is the dual expander 
operation. Because the liquid condensation on expanding 
from 800 to 200 psia was greater than 20 wt$ (calculated 
at 22.5 wt$) it was decided to split the service between 
2 machines in series. It may be possible to handle the
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service in one stage as shown in Table'll. However the 
12,300 bhp duty would need to be split between 2 
expanders in parallel to get proven machines and for 
reliability. With the scheme proposed in this design 
(2 expanders in series) neither expander would be spared.
In the event that one machine is out of service , the plant 
could probably operate at reduced rates by taking an 
adiabatic drop around the inoperative machine and running 
the other at its maximum capacity. A seperate plant 
simulation would be needed to confirm this mode of 
operation.
Thus the only equipment complication in going to 2 
expanders is the addition of the kOO psia drum which 
would not be needed in the single stage expander design.
The brake compressors for the expanders would preferably 
be identical machines to simplify the plants* operation 
and maintenance. They are both in the 6,000 to 6,500 
bhp range and it is presumed that the expanders would 
both operate at the same speed. Based on approximate 
calculations on the Rotoflow Corporation turboexpander 
slide-rule (1971), this speed would be in the 6,000 to 
8,500 rpm range. Specific selection of the expander 
operating conditions would be required from the equipment 
designer taking into account both expander and compressor 
characteristics.
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Discussion of the design
Three important variables for the expander's ability to 
generate refrigeration are:-
A) 800 psi a Drurrf Temperature r~
As this temperature gets lower the volume of gas to the 
expander train is rapidly reduced (Figs 1 and 2). This 
reduces the amount of refrigeration generated at a 
particular temperature level. It also leads to excessive 
condensation of methane with the ethane, Fig 9.
Fig 9 is obtained from the inlet flashes that were 
used to produce Table 2 and Fig 1 and 2. It shows the 
mole % of ethane condensed and the molar ratio of C2 to 
Ci in the condensed phase. This data is summarized in 
Table 12. This figure is another way of visualizing 
the amount of methane condensed along with the ethane in 
the 800 psia drum.
B) Expander Outlet Pressure:
Lowering this pressure leads to a lower temperature in 
the low pressure separator thus controlling the depth as 
well as the quantity of refrigeration.
~C7 Slander ISTflciency:
The ideal expander removes heat from the fluid along an 
isentropic path between the inlet and outlet pressures.
An actual machine has an efficiency below 100^ and the 
AH obtained will be the isentropic change AH(isentropic)
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multiplied by the efficiency^ , thus
AH (actual) = AH (isentropic) x ^
The efficiency selected for the expanders is 78$. This 
is perhaps a conservative (low) value based on published 
data (Dodge 1972 p. 105. Swearingen 1972 p. 97, Linhardt 
1972 p. 2). The three authors all refer to efficiencies 
in excess of 80$. However the use of 78$ in this work 
is felt to be justified because of the low expansion 
ratio (2tl) and the large amount of condensation in the 
expander. The effect of liquid condensation on efficiency 
is arguable. Scheel (1970 p.106) claims a significant 
loss in efficiency, but Swearingen (1972 p. 101) 
describes a vector design technique which he claims 
permits the design of rotors to handle condensing streams
t
without efficiency loss.
For a desired ethane recovery the judicious selection 
of the above variables and the demethanizer's operating 
conditions form the basis of the expander case process 
design and heat balance.
The Heat Balance (Refrigerant Demand and Supply) is 
given in Table 9 and Fig 8. These were previously 
explained under the Externally Refrigerated Design p. 16. 
The process is not in precise heat balance as is shown 
in Table 9 by an excess of 2.9 MMBTU/HR. However this 
is felt to be an insignificant error based on earlier
ER 1709 30
iterations to balance the duties. To precisely 
balance the duties would require looping a process 















































































































































































































































































































































































































































































































































































































































































































































































































































































































Main Gas Chiller 274.4 +70.0 -80.0 1e
Demethanizer O.H. Condenser 33.6 -90.9 -114.1




Demethanizer Feed 126.4 -161.9 -16.3
200 psia Drum Vapors 126.3 -161.9 +60.0
520 psia Drum Vapors 18.4* -107.4 +60.0






(This shows an excess refrigeration supply of 2.9 MMBTU/HR
* These duties combined in Fig 8 to 58.2 MMBTU/HR over a 
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MOLE % ETHANE CONDENSED AND RATIO 
MOLES Cq/MOLES Ct IN LIQUID PHASE FOR INLET GAS
(FOR FIG 9)







MOLES Gi% OF 
INLET
MOLES/HR % OF . 
INLET
MOLES/HR
-30 0.6 544 2.9 220 0.403
-40 1.4 1,333 6.6 508 0.381
-55 4.2 4,087 17.2 1,323 0.324
-70 12.4 12,122 36.6 2,814 0.232
-80 28.8 28,134 57.4 4,410 0.160
-82 33.6 32,746 62.0 4,767 0.146
-86 55.7 54,355 77.2 5,935 0.109
-89 81.5 79,441 91.2 7,009 0.088
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FIG 9 EXPANDER DESIGN t MOLE % ETHANE CONDENSED AND 
RATIO MOLES C2/M0LES C 1 IN LIQUID PHASE FOR INLET GAS.
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COMPARISON OF THE DESIGNS
The main criteria by which the externally refrigerated 
and expander cycles will be compared are listed below:-
1) Compressor horsepower
2) Number of equipment items
3) Heat Exchangers - duties and sizes
4) Demethanizer
There are some other factors, not included in the above 
list that will be covered at the end of the section,
1) Compressor Horsepower:-
The required compressor horsepowers are 
summarized in Table 13. These show an advantage for 
the external refrigeration design which only requires 
86% of the expander process' added horsepower. However 
based on total installed horsepower the external 
refrigeration design requires only IJ fo of the expander 
process' horsepower. Furthermore the expander design 
requires twice as many different compression services 
as the externally refrigerated design.
The comparison of compressor horsepowers thus favors 
the external refrigeration design.
2) Number of Equipment Items
The two flowsheets Figs 5 and 7 give some 













EXPANDER BRAKE #1 6,300
EXPANDER BRAKE #2 - 6,000
RESIDUE GAS 42,500 61,000
PROPANE 14,500 5,200
TOTAL 57,000 BHP 78,500 BHP
Note 1*- Total external bhp is 66,200
ER 1709 40
Both have areas in common such as the main gas chillers, 
demethanizer and deethanizer systems. Both designs 
require a propane refrigeration system although the 
externally refrigerated design*s is almost three times 
as large as the expander plant's.
However the expander has a very significant complication 
in the extra two expanders, their compressors and the 
400 psia drum. Based on number of equipment items 
(at this point not considering their size), the choice 
would be external refrigeration.
3) Heat Exchangers - duties and sizes
The inlet gas chilling duties and the refrigerant 
sources to satisfy these demands are shown in Fig 6,8 & 10. 
These illustrate two important points favoring the 
expander design.
First the gas chilling duty for the expander is only 77% 
that of the externally refrigerated design.
Also, the heat transfer in the expander case is 
performed with a larger temperature difference (AT) and 
without a significant AT pinch, (Fig 10).
The expander process has a clear advantage in having 
lower duties and sizes of gas chiller train exchangers.
4) Demethanizer
Table 14 sumarizes major flows and conditions for 
the demethanizer in each case.
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Based on the top-tray vapor-rate alone, the externally 
refrigerated case's demethanizer would be around 20% 
greater in diameter than the expander case. Otherwise 
there are few major differences between the towers as 
the condenser and reboiler duties as well as the number 
of theoretical trays are fairly close.
The demethanizer size would favor the expander case, 
but not by a great margin.
Other factors influencing the process selection arej- 
Cost
In the final analysis the definable operating 
and fixed costs for the installation would dictate the 
choice. Estimating the capital cost of either case 
would require a considerable amount of supplier information 
due to the unusual and propietary nature of key equipment. 
Consequently no cost data have been presented here. Before 
final selection of a process, detailed cost data would 
be needed to differentiate between competitive choices.
Heat Loss
No allowance has been made for heat losses in 
either design. As the Drocessing temperature get's
lower the losses will become proportionately larger.
Both processes would be similarly penalized by heat losses. 







TOP TRAY VAPOR, MOLS/HR 46,900 33,000
CONDENSER DUTY MMBTU/HR 28.3 33.6
REBOILER DUTY MMBTU/HR 23.6 19.2
FEED VAPORIZATION 00 0 80$
REFLUX RATIO AS $ OF MINIMUM- 120$ 120$


















External Refrigeration Chiller 
Duty 355.2 MMBTU/HR to -91°F
Demethanizer O.H.) External Refrig. 
Condenser Duties ) Expander------
300
Expander Chiller Dut.y_ 











































chiller in the externally refrigerated case would be 
partially offset by losses due to the greater complexity 
of the expander case. Both processes operate over 
similar temperature ranges down to the -160 to -170°F 
range.
Refrigerant Leakage
The use of refrigerant in the externally 
refrigerated case presents some potential problems.
There is the possibility of leakage of the high pressure 
process gas into the propane leading to high compressor 
discharge pressures and propane losses. Apart from 
the gas-chiller duty, both processes need a propane 
refrigeration system to condense reflux for the deethanizerr 
although the expander case refrigeration system is much 
smaller than that for the externally refrigerated design.
It is not felt that the refrigerant system size 




The designs presented in this work are for high 
ethane recovery, in this case at the 80% level.
Raidt (1968) compared expander and refrigerated oil 
plants for ethane recovery and concluded that the 
expander process was more economical for above 25-30% 
ethane recovery with pressure restoration. With 
’'free" pressure drop he concluded the expander plant 
is always more economic. Herrin (1966) presents 
cost data for comparing expander and refrigerated 
absorption plants, and concludes that the expander 
plant is more attractive. However neither Herrin or 
Raidt present costs for a cascade plant (i.e. externally 
refrigerated design).
Raidt does mention cascade refrigeration as an 
alternate and indicates that a higher plant investment 
would be required. For the external refrigeration 
design presented in this work only one refrigerant, 
propane, is used. This is in contrast to the much more 
complicated, and costly, propane/ethylene or propane/ 
ethane cascade systems. While a convential cascade 
system would probably have a higher capital cost, it’s 
operating cost would be lower.
However the external-single-refrigerant design in 
this work would probably not be very different in 
capital cost to the expander design. Due to the difference
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in external compressor horsepower, the externally- 
refrigerated design would have lower operating costs.
The ethane recovery level set for this work was 80$. 
The maximum economic ethane recovery is probably in the 
80-to 90$ range. Jordan (1972) presents cost data 
which indicated a sharp rise in costs at the 85$ 
recovery level. He indicated that about 88$ recovery 
is the highest economic recovery without using cascade 
refrigeration in addition to the expander cycle. 
Rosenzweig (1970) describes a 150 MMSCFD plant capable 
of 87$ ethane recovery using cascade refrigeration.
As Rosenzweig points out, in many cases it will be 
necessary to retain sufficient ethane in the pipeline 
gas for a specified fuel value: typically 1,000 BTU/ft 3. 
The residue gases in this work have heating values of 
1,005 BTU/ft^ with 80$ ethane recovery. With 90$ 
ethane recovery the heating value would only just make 
1,000 BTU/ft3 with no safety margin.
The ethane recovery in this work could be increased 
by making a tighter solit in the demethanizer. The 
demethanizer feed in either case contains 88-to 90$ of 
the feed ethane but only 81$ has been recovered in the 
bottoms. This recovery could be increased by putting 
extra trays in the demethanizer but it would also 
involve condensing reflux at a lower temperature.
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OPTIMIZATION OF THE DESIGNS
From the Comparison of Designs it is apparent that 
many factors affect the design and hence the cost of 
either process. Virtually no optimization has been 
done in this work. Meaningfull optimization of either 
design presented here would require a complex process 
simulator and access to current vendor equipment sizing 
and pricing data. It would probably require an order 
of magnitude more labor and even more computing costs.
However some of the principal parameters involved 
can be stated, based on the calculations performed in 
this work. These are as follows*
1) Ethane recovery - very high ethane 
recovery (above 85$) would become disproportionately 
more expensive, although this is also a function of 
the inlet gas composition.
2) Demethanizer pressure - how close a 
designer cares to approach critical conditions in the 
column and the less favorable methane-ethane relative 
volatility at the higher pressures.
3) Expander and Compressor efficiencies
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4-) Temperature approach in exchangers - 
close approaches lead to a more ideal process and lower 
compression costs but require more expensive exchangers.
5) Demethanizer reflux ratio - a lower 
ratio requires less condenser duty but more trays.
6) Demethanizer feed vaporization -
there will be some maximum % vaporization above which the 
condenser duty will begin to increase excessively.
7) 800 psia Drum Temperature - this affects 
the main gas chiller duty and the amount of ethane 
condensed at the high pressure.
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MINIMUM WORK FOR THE PROCESS
Although of little practical value in this study, the 
theoretical minimum work does represent the absolute lowest 
work required to extract the ethane from the gas stream. 
Among a number of practical alternates the process that most 
closely approaches the thermodynamic minimum work is not 
necessarily the cheapest to build or operate.
The separation considered is shown belowtv
INLET GAS PROCESS
►  RESIDUE GAS
+> ETHANE (LIQUID) 
^PROPANE-PLUS
This minimum work is calculated from W min = AH - T0AS where 
T0 is the lowest temperature at which heat is rejected from 
the system, 95°F in this case with 85°F cooling water.
Dodge (1972) compares expander and cascade cycles for L.N.G. 
using primarily thermodynamic efficiency. He points out the 
wide range of efficiencies of processes to do the same job 
and also indicates that the thermodynamically desirable 
process may not be the most economic.
Johnson (1969) indicates that the cascade cycle is usually 
the most thermodynamically efficient but qualifies this with 
reservations on operating or investment cost.
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The values of actual work for the two processes 
evaluated, compared to thermodynamic minimum work, are 
given in Table 15. The horsepower' values given are for 
compressors only.
TABLE 15







A) THERMODYNAMIC MINIMUM 9,000 100
B) EXTERNAL REFRIGERATION 57,000 16
C) EXPANDER CYCLE 66,200 14
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THERMODYNAMIC DESIGN DATA
The thermodynamic data used in this work for vapor- 
liquid equilibria (K), enthalpy (H) and entropy (S) 
is the Grant Wilson Mark V correlation available 
through the Gas Processors Association.
This computor program-is based on the Redlich - Kwong 
equation of state (1949):
RT - a/T^




V = molar volume
R = gas constant
T = absolute temperature
a, b = composition dependant parameters
Sahgal et al (1965) and Wilson (1964 , 1966, 1969)
describe the use of the above equation to predict thermody­
namic properties. Fair and Bolles (1968) review the 
derivation of the vapor-liquid equilibrium ratio, K, from 
an equation of state such as the Redlich - Kwong.
Another equation of state which would have been suitable 
for the designs in this work is the BWRS. Its use is 
mentioned by Ryburn (1970) for the design of an operating 
plant. Hopke and Lin (1974) review the application of the
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equation and compare predicted and measured data on an 
operating plant. The fluids in this work are highly non­
ideal due to the combination of low temperatures and high 
pressures. Several of the units operate with mixed-phases 
above the critical points of one or more components. The 
operating temperature at the bottom of the demethanizer is 
90 - 957° of the mixture's absolute critical temperature. 
Furthermore the heat exchangers operate with close temper­
ature approaches of 10°F in places. Accurate predication 
of a fluids properties is therefore essential for reliable 
design work. A uniform prediction method should be used 
throughout the design.
White, Wilson and Kobayashi (1970) reviewed a variety 
of K - data sources used in a low - temperature expander 
ethane - recovery plant. These sources gave large variations 
in the design conditions for the plant. The authors found 
a 10 to 407° variation in predicted ethane and propane K - 
values from experimental data.
The prediction of K and H data is the subject of continu­




Feed preparation for the cryogenic part of the 
design will not be dealt with in detail. However 
the major stages in this phase are*
1) Acid Gas Removal - any necessary H2S or C02 
removal.
2) Drying - removal of water to prevent freezing 
in the plant.
3) Filtration - removal of descicant dust that 
could plug the passages in the. complex heat exchanger 
banks or errode the expander wheels.
Hydrogen sulfide is normally at very low levels in 
the feed to ethane recovery plants. However C02 
can be a problem due both to its higher concentration 
and its high melting point compared to the processing 
temperatures, although it does have a limited 
solubility in liquid hydrocarbons. Grekel, Sudduth 
and Cline (1971) describe problems in demethanizer 
operation due to C02 precipitating. This problem 
was aggravated by a cyclic C02 concentration in the 
dehydrator's regeneration gas.
In this work the greatest exposure to C02 
freezing problems would be in the 200 psia vapor 
drums where the temperatures are in the -160 to-170° F 
range. Grekel et al were processing a gas containing
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2J- to 3 times the CO2 content of this design’s gas. 
However, as they point out, inlet gas composition can 
and will vary. In any process design the effect of 
known possible composition changes should be considered.
Barrere (1971) mentions plants sucessfully handling 
feed gases with 0.5 and 0.8$ CO2. Bodle and Eakin 
(1971) also present some information on CO2 solubility 
in liquid as does Streich (1970) for N2-CH^-C02.
In the designs presented here the CO2 in the lowest 
temperature liquids is about 0.5 to 0.65 mole % C02 
although the demethanizer reflux contains 1.2 to 1.66 
mole $ CO2 and the net overhead vapor is 0.60 to 0.82 
mole $ CO2. Based on Bodle and Eaking and Grekel et al's 
criteria the present designs should not experience CO2 
freezing problems. (Fig 11).*
Drying of the inlet gas to very low dew-points is 
required to prevent water freezing-out in the plant, 
particularly in the main gas chiller train. Barrere 
(1971) states a preference for solid bed drying and 
mentions molecular sieves. He further refers to drying 
down to 0.1 ppm which he feels is the lower limit for 
dew-point analysers. Klehm and Singletary (1974) 
refer to a molecular sieve dehydrator in an ethane 
recovery plant attaining less than 0.1 ppm water.
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Rosenzweig (1970) describes a molecular sieve drying 
scheme to -120°F dewpoint. Grekel, Sudduth and Cline
(1971) used a silida gel / molecular sieve combination 
and Cochrane (1973) refers to Activated alumina.
Parker (1972) refers to problems in a dehydrator with 
internal insulation leading to gas by-passing. Kunkel 
and Chobotuk (1973) describe molecular sieve sweetening 
of a fuel gas (i.e. HgS removal) and include information 
relevant to the design of dehydrators. Crawford and 
Harlan (1970) refer to molecular sieve drying to only 
-120°F for Helium recovery plant even though processing 
temperatures of -300°F are encountered.
The drying of gases is reviewed by Weiner (197^)
Davis and Manchanda (197*0 Black, Sivalls and Bryson 
(1973) DiNaooli (1970) Barber, Reed and Sharp (1971).
For dehydration glycol, methanol or glycol-methanol 
combinations have been used (Ryburn 1970, Herrin 1966). 
However the use of these dehydration schemes seems to 
be falling in favor of the fixed bed desiccant systems 
for water removal in cryogenic plants. (Crawford,
Cronk and Norenburg, 1969).
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FIG 11 : CARBON DIOXIDE SOLUBILITY
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EXCHANGERS
Heat Exchangers would represent a major part of the 
investment in either of the two designs. Large amounts 
of heat are exchanged between fluids with poor heat 
transfer coefficients. Further compounding the 
difficulty is the need to keep temperature differences 
as small as possible to recover refrigeration.
A minimum temperature approach of 8 - 10° F has been 
used as a design base.
It is expected that plate - type exchangers would be 
used extensively even at 800 psia. Designs of these 
exchangers for reliable operation at high pressure is 
difficult due to the nature of their construction and 
only recently have they become available. Benson (1971) 
presents some cost data for plate versus shell and tube 
exchangers which indicates that the cost of the plate 
exchangers would be only k0% that of the shell and 
tube type. He further indicates that at that time 750 
psig represented the upper - limit on pressure while 
Williams (1970) states 975 psig as being the approved 
design limit.
Crawford and Eschenbrenner (1972) describe heat 
exchanger equipment for LNG including plate-fin 
exchangers as do Barber, Reed and Sharp (1971) Crawford 
Gronk and Norenburg (1969) Jordan (1967) Swenson and 
Peterson (1972).
Mikus (1967) describes plate-fin exchangers in detail.
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and refers to temperature approaches as close as 1°K.
Porter (1966) points out difficulties in predicting *
the performance of exchangers, particularly the physical 
properties of the fluids. Cp for the fluids is not 
constant particularly near the critical point, while 
condensing / vaporizing streams present special problems 
of physical and thermodynamic data prediction. Reference 
to the heat exchanger curves Figs 6 and 8 shows the 
curved and irregular nature of these lines.
One difficult factor to handle in the exchangers in this 
plant would be liquid redistribution between the banks of 
exchangers. Both the inlet gas chilling and demethanizer 
feed heating involve phase changes. Ensuring even distri­
bution of the vapor and liquid phases between heat exchanger 
banks would require special designs. (Barber and Orloski, 
1972, Dean, 1972, Crawford, Cronk and Norenburg 1969 and 
Weimer and Hartzog 1972).
While it is expected that plate type exchangers would be 
used it might be worth investigating the large spiral- 
wound exchangers used in LNG plants. These are described 
by Crawford and Eschenbrenner (1972), Barber, Reed and Sharp
(1971)t Abadzic and Scholz (1972), and Bourguet (1972). 
However Barber and Orloski (1972) felt the plate-fin 
exchangers were more reliable than spiral wound type.
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TURBOEXPANDERS
Turboexnanders (Expanders) represent a means of extract­
ing work while lowering the pressure of a gas stream. 
Because the cooling in an expander more closely approaches 
an isentropic route than adiabatic (Joule-Thompson) expans­
ion, an exnander produces a lower temperature for a given 
pressure drop, while produci.ng useful work. Barron (1966) 
reviews general principles of expanders and compressors. 
Other writers have described expander applications in 
hydrocarbon processing:, LNG and ethane recovery (Swearingen 
1972, I.97O, 1969, 1968a, 1968b, 1966, 1965) (Linhardt 1972) 
(Herrin 1971, 1966) (Pratt 1969) (Attwood 1969) Raidt 
1968) (Morgan 1967) (Houghton and McLay 1973) (Porter
1966). Kidnav (1972) reviews the development and thermo­
dynamic principles of expanders.
The application of expanders in ethane recovery plants 
presents problems of capacity and condensation in the 
machine. The two expanders proposed in this design handle 
inlet flows of 6«0 and 576 MMSCFD respectively while devel­
oping about 6,000 BHP. Houghton and McLay (1973) describe 
2-6500 BHP Units. Swearingen (1972) describes a A50 MMSCFD 
unit and Linhardt (1972) describes a 5»000 HP unit.
Liquid condensation in the expander will increase the 
thermodynamic efficiency (Swearingen 1972, ,1970).
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However there does exist some upper limit of 
condensation above which the liquids damage the 
machine at its high operating speed. Jordan (1972) 
indicates 20 wt # liquids as a limit and Swearingen
(1972) refers to designs sometimes in excess of 
20 wt # liquid.
In plants where Hfree" pressure drop is available 
the expander ethane recovery plant is claimed to be 
especially attractive ^Jordan 1972, I Eleminer. et al.1974). 
It is significant that a number of recent plants 
without "free” pressure drop have used expander cycles 
(Klehm and Singletary 197^)» (Parker 1972) (Swearingen 
1972) (Jordan 1972).
Slack (1972) states that the efficiency of expansion 
machinery drops off significantly for pressure ratios 
less than 2il. The efficiency of the expanders used 
in this work should be carefully checked in a firm 
design as they both work on a 2*1 ratio.
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COMPRESSORS>-
None of the compression services in the proposed
designs represent major problems. The maximum
polytropic head in the residue gas compressors is
about 83*000 ft-lb/lb in the external refrigeration
design and this can probably be attained in a single
casing with about 9 stages. The maximum ICFM at low
pressure occurs in the expander design at 33*000 ICFM
for 66,000 ft-lb/lb head. Although either of these
compression services could be handled by very large
single case compressors, reliability and plant utility
requirements would dictate 2-50$ machines, Klehm and
Singletary (197^0 describes such an arrangement%
although, in a smaller plant, Parker (1972) uses only 
a single recompression train.
Hallock, Farber and Davis (1972) review size and 
capacity limitations for refrigeration and other 
process compressors. Although directed to LNG 
operations much of their material is relevant to the 
large machines in these ethane recovery plants. A 
number of authors have discussed the very large 
compression services in LNG plants. In the ethane 
recovery designs presented, the actual horsepower 
requirements are less than in large LNG plants.
However comments by Schlatter and Noel (1973) on
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control of large axial compressors, Elliot Co (1973) 
Naegeli (1973) and Bourguet, Garnaud and Grenier (1971) 
on large compressors and drivers are relevant to the 
design of large ethane recovery plants.
All the compressor calculations in this work were 
performed by the Mollier chart method (Gas Processors 
Suppliers Association, 1972, Elliot Co 1970). The 
methane Mollier chart was used for all residue gas 
streams without correction for actual composition.
As these streams are typically 95 to 98# methane it is 




The demethanizer is an important part of the overall design. 
Several factors need to be evaluated in establishing its design. 
Among these are*-
A) Operate at as high a pressure as -possible. This 
minimizes recomoression of the overhead vapor and raises the 
temperature at which reflux has to be made, thus reducing 
refrigerant load. These advantages of higher pressure are off-1 
set by the lower relative volatilities of the components, e.g. 
Fig. 1 thru k , and by a lower difference between vapor and 
liquid densities .
B) Low reflux - ratio reduces refrigerant demand. For many 
design 135$ of minimum reflux - ratio represents a typical 
operating point. However in cryogenic towers the reflux load 
needs refrigeration (i.e. energy) and an operating ratio of say 
1.05 to 1.20 of minimum may be more economic. Fair and Bolles 
(1968) and Fleming, Lambrix and Smith (197*0 discuss this 
aspect of cryogenic distillation design. In the designs in 
this report a 120$ of minimum reflux ratio has been used.
This is probably conservative and Table 16 shows the effect of 
reducing this to 110$ of minimum.
C) Minimizing reboiler duty serves to reduce the amount of 
external heat (at a high temperature level) put into the process. 
In this design steam has been used. However the use of side- 
stream reboilers on intermediate trays up the column would 
allow a more efficient design by simultaneously reboiling the
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tower while cooling down the inlet gas. The calculation 
would require a rigorous tray-by-tray fractionation program 
with composition-dependant thermodynamic data.
The use of inlet gas for reboiling is illustrated by Parker
(1972). A multiple reboiled demethanizer using a small trim 
reboiler with a number of side reboilers is described by 
Benson (1973).
D) Product specifications have an important bearing on the 
column's design. The demethanizer has to remove sufficient 
methane to satisfy the ethane specifications. If an attempt 
is made to recover most of the ethane in the bottoms, the 
reflux liquid comes close to pure methane and a larger number 
of trays are required. In the designs given a significant 
amount of ethane (7 to 9% of that in the feed) is allowed to 
go overhead. This reduces the number of trays and raises 
the reflux temperature at the expense of ethane recovery.
E) Feed vaporization to the demethanizer produces a large 
amount of the plant's refrigeration (Tables 7> 9)• The 
designs in this work use 80 mole % feed vaporization.
There are two important factors 1-
i) Insufficient feed vaporization wastes refrigeration 
because of the external reboiler load to balance the column's 
heat load. Table 17 illustrates the advantage of 80% feed 
vaporization over 75% for one of the demethanizer designs.
ii) Excessive feed vaporization increases the condenser 
duty (a refrigerant load) and is therefore self-defeating 
and inefficient.
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As a short-cut fractionator design method was used 
for this column, there is room for a significant improve 
ement in the accuracy. However for comparison purposes 
the design is probably quite adequate.
The principal stages in the particular short-cut 
fractionator program used include Fenske’s method (1932) 
for minimum trays, Scheibel and Montross' method (1946) 
or Underwood's method (1948) for minimum reflux ratio, 
and the Gilliland correlation (1940) for theoretical 
trays and reflux ratio.
Fair and Bolles (1968) review fractionator design in depth. 
Because of the large temperature and composition differ­
ences across the tower a rigorous tray-by-tray design 
would be mandatory for a final design.
Both packing and trays have been used in cryogenic 
demethanizers, however, Parker (1972) reports replacing 
trays with packing.
In this work a reflux drum pressure of 520 psia was 
used. Fleming, Lambrix and Smith (1974) suggest operating 
at "The highest pressure consistent with efficient phase 
separation". Demethanizer pressures published include 
495 psig (Ryburn 1970), 500 psi (Rosenzweig 1970), 465 
to 500 psia (Temple and DiNapoli 1970), around 500 psig 
in a trayed column (Wolff and Salama 1969)» 500-to 550 
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Pumping of cryogenic fluids is now routinely handled. 
Materials of construction need to be suitable for the 
temperature and special seals and couplings are 
required. It is particularly important that the pump 
efficiency be as high as possible for cryogenic pumps.
: Inefficiency adds 0.6 MMBTU/HR of external energy to 
the process at its lowest temperature, raising the 
fluid's temperature about 1°F.
All the fluids being pumped are at their bubble 
points and of low specific gravity (0.25 to 0.65)*
These two factors would require care in pump selection. 




The externally refrigerated and expander designs are 
very competitive processes for the gas analysis and 
ethane recovery selected for this work.
Final selection of one process over the other 
would require at least a factored estimate to determine 
installed cost. This could be combined with estimated 
operating costs to develop comparative $/pound costs 
for the ethane recovered.
The process schemes presented here are for very 
large plants. The fluid entering the plant corresponds 
to 310,000 BPD of LNG or, looking'at it another way, 
26,000 Tons/day at an inlet rate of 1,000 MMSCFD. 
Significantly, all the large LNG plants have used 
variations of cascade refrigeration; whereas most, but 
not all, large high-ethane-recovery plants have used 
expanders.
Based on the two designs presented here, there does 
not seem to be a clear advantage for either process in 
high ethane recovery from the gas composition used.
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